Introduction
The selective or bulk removal of carbon dioxide from process gas streams is an important step in many industrial processes, for a number of possible reasons. In the presence of water, CO 2 -which is an acid gas-can cause corrosion to process equipment. Secondly, it reduces the heating value of a natural gas stream and wastes valuable pipeline capacity. In LNG (liquefied natural gas) plants, it should be removed to prevent freezing in the low-temperature chillers, whereas it would poison the catalyst in the manufacture of ammonia. Finally, CO 2 -which is also a greenhouse gas-is also held responsible for the recent climate changes. One technology used in the removal of carbon dioxide is the absorptiondesorption process, in which (solutions of) alkanolamines are frequently used as solvents. 1 Depending on the process requirements, different types and combinations of (alkanolaminebased) solvents can be used.
Nowadays, the addition of an accelerator, or more specifically piperazine (PZ), to aqueous N-methyldiethanolamine (MDEA) solutions has found widespread application in the removal and absorption of carbon dioxide from process gases.
The success of such a blend of a primary or secondary amine with a tertiary amine is based on the relatively high rate of reaction of CO 2 with the former combined with the low heat of reaction of CO 2 with the latter, which leads to higher rates of absorption in the absorber column and lower heats of regeneration in the stripper section. Crucial for an optimal design and operation of absorber and stripper is detailed knowledge concerning mass transfer and kinetics on one hand and thermodynamic equilibrium on the other hand.
The objective of this study is first to present experimental data on the CO 2 equilibrium solubility in aqueous PZ solutions, which are complementary to data already available in the literature. [2] [3] [4] More experimental data than currently available in the literature are necessary because these published data sets are restricted to low-concentration, low-pressure data on one hand and high-concentration, high-pressure on the other hand. Secondly, a thermodynamic model is described in this paper to correlate all (reliable) experimental data.
In the literature, many thermodynamic models have been presented to describe the solubilities of acid gases such as CO 2 and H 2 S in (blends of) amine solutions. The applied models can be subdivided into three different approaches:
(1) The empirical approach as introduced by Kent and Eisenberg. 5 (2) The application of an excess Gibbs energy model ("the ␥-approach"), which forms the basis for the electrolyte NRTL (Non-Random Two Liquid) model (for example, Austgen et al. 6 ) and the Clegg-Pitzer equation (for example, Li and Mather 7 ).
(3) The use of an equation of state (EoS) model, which is a fairly new development, finding application in recent publications. [8] [9] [10] [11] [12] Only a few papers using an EoS approach have been published so far, all but one applying the electrolyte EoS as originally proposed by Fürst and Renon. 13 Kuranov et al. 9 applied the hole theory in their EoS, but they correlated a limited set of experimental data.
In the present article, also the electrolyte EoS approach is applied, mostly based on the following considerations:
• Identical equations for gas and liquid phase • Relatively straightforward fitting procedures of binary/ ionic parameters
• Pressure effects are taken into account • Possibility to extend the model to include hydrocarbons. It must be noted, however, that some of the above-mentioned considerations can also be applicable to other models.
Recent publications have focused on correlating CO 2 (and H 2 S) solubility and partial pressure for aqueous MDEA 10, 12 and DEA 11 solutions with results comparable to those obtained with the NRTL model. Before being able to describe also the (quaternary) system MDEA-PZ-H 2 O-CO 2 , all (reactive) ternary subsystems need to be correlated. Therefore, this article will focus on the reactive subsystem PZ-H 2 O-CO 2 , presenting new data on the CO 2 solubility in aqueous piperazine solutions and correlating both these and other published experimental data sets with the electrolyte EoS.
Experimental

Experiments with diluted CO 2 using a continuous gas feed
The experimental setup and procedure are similar to those as used by Kumar et al. 14 and will therefore be described only briefly here. The setup is shown in Figure 1 . For the experiments with diluted gas streams, the operation with respect to the liquid was always batchwise, whereas the mode with respect to gas phase was continuous. The heart of the setup consisted of a thermostated reactor (volume ϳ 1.6 L), equipped with a high-intensity gasinducing impeller in the liquid phase and a propeller-type impeller in the gas phase. Also, the reactor was provided with a digital pressure transducer and a thermocouple. During continuous operation with respect to the gas phase, the inlet gas flows of both N 2 and CO 2 were controlled using mass flow controllers (Brooks, type 5850). Before entering the reactor, the desired gas flows of N 2 and CO 2 were presaturated with a piperazine solution identical to the one in the reactor and water, respectively. After presaturation, the gas flows were mixed and fed to the bottom of the reactor using a sintered stainless steel sparger. The outlet gas flow of the reactor was continuously analyzed for CO 2 content using an IR analyzer, type UNOR 610.
In a typical experiment, a known amount of piperazine (99%, Aldrich) was dissolved in about 500 mL of water and charged to the reactor. The mass flow controllers were adjusted to obtain the desired feed flow and composition. Next, the gas was passed through the reactor and upon attainment of equilibrium (that is, the gas inlet composition equals the outlet composition), the gas phase CO 2 content was recorded and subsequently a sample was drawn from the liquid phase. From this liquid sample both the amount of piperazine (standard potentiometric titration with 0.1 N HCl) and the total CO 2 content (desorption/titration procedure as described by Blauwhoff 15 ) in the mixture were determined.
Experiments with pure CO 2 using the batch mode in the gas phase Experimental data for CO 2 partial pressures exceeding 25 kPa were obtained in a second setup, which mainly consisted of a thermostated vigorously stirred reactor (ϳ 2 L) connected to a calibrated gas vessel (see Figure 2 ). Both reactor and gas supply vessel were equipped with a temperature and pressure indicator. Also, a vacuum pump was connected to the reactor, to remove all inert gases from the setup and dissolved gases from the amine solutions before an experiment.
In a typical experiment, a known amount of piperazine solution (prepared in the same way as described in the previous section) was transferred to the reactor vessel, after which the liquid was degassed by applying vacuum for a short while. Next, the solution was allowed to equilibrate at the desired temperature and consecutively the (vapor) pressure was recorded. Then, the gas supply vessel was filled with pure carbon dioxide and the initial pressure in this vessel was measured. Next, the stirrer was switched on and a sufficient amount of CO 2 was fed from the gas supply vessel to the reactor. The gas supply vessel to the reactor was closed and the contents of the reactor were allowed to reach equilibrium, which was reached when the reactor pressure remained constant. The actual CO 2 partial pressure could be calculated from this final (equilibrium) reactor pressure corrected for the vapor pressure of the lean solution, thereby assuming that the solution vapor pressure is not influenced by the CO 2 loading. The difference between initial and final pressure in the gas vessel was used to calculate the corresponding CO 2 loading of the solution. In some experiments, the loading was also analyzed with the technique as used during the continuous setup experiments. The actual piperazine concentration in the solutions was determined afterward using a standard potentiometric titration with 0.1 N HCl.
Experiments have been carried out for two piperazine concentrations (200 and 600 mol m Ϫ3 ) at temperatures of 298, 313, and 343 K.
Theoretical Background
Chemical equilibrium
Because the process is chemical absorption of carbon dioxide, several chemical equilibria have to be taken into account in the modeling, considering both acid-base as well as (di)carbamate formation/hydrolysis reactions:
All equilibria involving carbamated piperazine species (K IV , K V , and K VI ) have been identified and quantified by Bishnoi and Rochelle 2 and Ermatchkov et al. 16 The equilibrium constants of the latter have been used in the present work (see Table 1 ) because they have been measured over a larger temperature interval.
To reduce the number of species in the model, three assumptions have been made:
(1) The first one concerns the concentration of the carbonate ion, which is assumed to be negligible, considering the pH range of interest and the equilibrium constant for this reaction (see also Table 1 ). The same assumption was made by Solbraa 12 and Chunxi and Fürst. 10 (2) Secondly, it is common to neglect the mole fractions of both OH Ϫ and H 3 O ϩ in the modeling of acid gas equilibria in for example, MDEA solutions 10, 12 and, partially, this has also been assumed in the present work. This assumption can be justified by the fact that, on the one hand, amines such as piperazine are weak bases; on the other hand, acid gases such as CO 2 are weak acids in water. In the current model, only the H 3 O ϩ fraction has been neglected; because PZ is a stronger base than MDEA, the OH Ϫ fraction does play a minor role (only at low carbon dioxide loading). The neglecting of H 3 O ϩ ions has been validated in initial model simulations; its fraction never exceeded the value 10 Ϫ7 . (3) The third simplification involves the neglecting of diprotonated piperazine (PZH 2 2ϩ ). This assumption is based on the second pK a of piperazine, which is 5.3 at 298 K and thus too low to be of relevance in the current model and the pH range of interest for CO 2 removal processes. 2 With these assumptions, the model is reduced to a system of nine species [H 2 O, OH Ϫ , CO 2 , HCO 3 Ϫ , PZ, PZH ϩ , PZCOO Ϫ , PZ(COO Ϫ ) 2 , and ϩ HPZCOO Ϫ ], to be solved with five independent equilibrium constants, the total mass balance, total piperazine and carbon dioxide balances, and the electroneutrality condition.
All chemical equilibrium constants in this work are defined in the mole fraction scale with infinite dilution in water as the reference state for all species (except water). Mathematically, all constants are then defined as follows
where i is the stoichiometric constant, as defined by the reactions described earlier.
The following temperature dependency is adopted for all constants
Values and sources for coefficients C 0 -C 3 are listed in Table 1 .
The present EoS model derives each component's activity coefficient (␥ i in Eq. 1) from its fugacity coefficient i , in accordance with its reference state. For water (reference state is the pure component) this implies
For all other species, with reference state the infinite dilution in water, the following equation applies
Equilibrium between liquid and vapor phases is attained by obeying the equal fugacity condition, as defined by the following equation
The fugacity coefficient can be deduced from the residual Helmholtz energy, as shown by Eq. 6
All the individual terms of the applied Helmholtz function (A R ), accounting for the system's nonideality, will be discussed in the next section.
Electrolyte equation of state
As stated in the introduction, the presently developed model is based on the electrolyte equation of state, as proposed by Fürst and Renon. 13 The general equation defines the Helmholtz energy as a sum of four contributions
The first two terms take into account the energy stemming from repulsive forces (RF) and (attractive) short-range interactions (SR1), and they are implemented by means of the RedlichKwong-Soave (RKS) equation of state, expressed as
Coefficients for the Chemical Equilibrium Constants Used in the Model
where the presence of ions is included in the mixture covolume b mix
The mixture attraction parameter A mix SR is calculated using the Huron-Vidal mixing rule 19 A mix
with pure components attraction parameters stemming from the expression proposed by Schwartzentruber and Renon 20
where
and m() ϭ 0.48508 ϩ 1.55191 Ϫ 0.1561 2 . The Helmholtz energy arising from interactions between molecules and ions and between cations and anions (SR2) is included in the third term, which can be regarded as the solvation contribution where at least one of k and l is an ion, and 3 denotes the packing factor
where the summation is over all species present in the solvent. The long-range ionic forces (LR) are represented by a simplified mean spherical approximation (MSA) term, as proposed by Ball et al. 21 ͩ
with the shielding parameter ⌫, the parameter ␣ LR , and the system's dielectric constant D, defined as follows
where Љ 3 is calculated similarly to 3 , although now the summation is over the ionic species only. The influence of ions on the dielectric constant is incorporated by Pottel's expression. 22 The buildup of the Helmholtz free energy, described in Eqs. 7-15, is illustrated schematically in Figure 3 to provide an overview of all parameters and properties needed in the EoS model and their relations.
Analysis of the different kinds of parameters needed for model calculations shows that a distinction should be made between component properties and constants, on one hand, and (interaction) parameters related to the thermodynamic model applied, on the other hand.
The first group contains physical properties and/or constants that can be measured independently, such as critical temperatures and pressures and molecular and ionic diameters. Values for some of these properties, however, are not presently available in the open literature. Therefore, in some cases, an estimation of these parameters is necessary. Lists of all needed properties, their availability in the literature, and the location of the value used in the present work are given in Table 2 (molecular properties) and Table 3 (ionic properties).
The second series consists of parameters that are not independently measurable; they are a consequence of the thermodynamic relations present in the model. These parameterswith the exception of the binary parameter k mix describing the binary interaction between CO 2 and PZ, which is guessedhave been determined by means of fitting the model to (pseudo-) experimental data. A list of these parameters is given in Table 4 .
In the following sections, all individual properties and (fit) parameters (and their sources and/or approximation methods used) will be described in more detail.
Pure component parameters
As can be seen from Eqs. 11 and 15 several pure component parameters and properties (with respect to the attraction parameter A SR or the dielectric constant D m ) need to be known before the model can be used. The first step involves the determination of the polar parameters p 1 , p 2 , and p 3 , which are present in Schwartzentruber's expression for the pure component attraction parameter A SR (Eq. 11). They were obtained by fitting them to experimental vapor pressures of pure components using the following minimization function
Results of this fitting procedure are listed in Table 5 , along with each component's critical constants. Table 11 *Availability of experimental data necessary for obtaining specific parameter.
Further, the calculation of the mixture dielectric constant requires the knowledge of the dielectric constants for the pure components (see Eq. 15). In accordance with the literature, these constants were assumed to have the following temperature dependency
The values for water and carbon dioxide were derived by Chunxi and Fürst, 10 from experimental data of Akhadov 28 and Lide. 25 As in the work of Bishnoi and Rochelle, 29 the dielectric constant of piperazine was assumed to be the same as for MEA. This is allowed because the sensitivity of the model for this property is very low, which is a consequence of the relatively small fraction of molecular piperazine present in the mixtures: calculated equilibrium pressures (P CO 2 ) changed at maximum 1.5% when decreasing the dielectric constant by a factor of 4. Constants d 0 -d 4 for MEA were taken from Lide. 25 All coefficients needed to calculate D m are listed in Table 5 . Finally, each species' molecular diameter ( m ) is required in the determination of the packing factor. For water and carbon dioxide, these diameters are taken from the literature-the former was estimated by Ball et al. 21 and for the latter the Lennard-Jones diameter as given by Poling et al. 23 was used. For piperazine, the diameter was estimated using its covolume 10,12
Values and sources are listed in Table 5 .
Binary interaction parameters
Because the mixture contains polar components, in this work the Huron-Vidal mixing rule was implemented to calculate the mixture attraction parameter A mix SR . Per binary pair, this mixing rule includes one non-randomness parameter (␣ nm ) and two interaction coefficient terms ( nm and mn ), which are temperature dependent (see Eq. 10), resulting in a total of five parameters to be derived per binary pair: ⌬gЈ nm and ⌬g Љ nm , ⌬gЈ mn , ⌬g Љ mn , and ␣. For H 2 O-CO 2 these parameters can be derived from experimental CO 2 gas solubility data in water at various temperatures and pressures, thereby applying the following objective function
Unfortunately, there are no (useful) binary (VLE) data for systems with PZ available in the literature. A possibility is to fit the parameters describing both PZ-H 2 O and PZ-CO 2 interactions on the total (reactive) system, but-considering that this involves ten (extra) fit parameters-this could lead to erroneous results. Therefore, to reduce the number of fit parameters as well as the risk of erroneous fitting, another approach was adopted in this work.
First, the interaction parameters describing the PZ-H 2 O binary system were fitted to pseudo-data, which were acquired using the Dortmund-modified UNIFAC package in Aspen Plus 11.1. Using the same goal function as that for CO 2 -H 2 O, the results as given in Table 6 were obtained.
Secondly, similar to the work of Solbraa, 12 the following correlations were used to describe the interaction between CO 2 and the used amine (in the present work piperazine) With these parameters, the Huron-Vidal mixing rule is reduced to the classical van der Waals mixing rule, thereby reducing the number of fitting parameters to one for the CO 2 -PZ binary pair (that is, k mix ). Following this procedure, the number of fitting parameters for both binary systems with PZ (H 2 O-PZ and CO 2 -PZ) was reduced from ten to six. All binary interaction coefficients thus obtained and used in the present model are listed in Table 6 .
Ionic interaction parameters
Basically, there are three types of ionic parameters in the model: the ionic diameter ion , the ionic covolume b ion , and the ionic interaction parameters W kl . To obtain reasonable estimates for both b ion and ion , the following procedure was followed:
The ionic covolume b ion and the ionic diameter ion can be calculated using the following equations 13, 31 
The advantage of using Eqs. 21 and 22 is the immediate reduction in the number of unknown physical parameters from two (covolume and radius) to only one, that is, the Stokes' or Pauling solvated diameter ( S and P ). The required parameters, 1 (1) using these parameters as adjustable (fit) parameters; (2) making an educated guess, based on its molecular structure and the structure and diameter of the "parent molecule." The latter procedure has been followed in this work; diameters of all piperazine-related species were determined in a manner similar to the one Vallée et al. 11 applied to obtain diameters of DEA-related species. The obtained solvated diameters are listed in Table 7 .
The solvent-dependent parameters 1 and 2 were obtained by fitting the experimental osmotic data of Robinson and Stokes 32 on 28 strong electrolytes (halide salts) in water, which is the solvent in the PZ-H 2 O-CO 2 systems, applying the following objective function
where ⌽ denotes the osmotic coefficient. Their values were found to be 1 ϭ 11.27⅐ ϫ 10 Ϫ7 m 3 mol Ϫ1 Å Ϫ3 and 2 ϭ 5.42⅐ ϫ 10 Ϫ5 m 3 mol Ϫ1 . As in previous work on the application of the electrolyte EoS (for example, Fürst and Renon 13 ), it seems reasonable to take into account only the interactions between cations and molecules (W cm ) and cations and anions (W ca ). Other interactions were ignored because of the charge repulsion effect (anionanion and cation-cation interaction), or because of the gener- At this point, the ionic interaction coefficients W cm and W ca were the only unknown variables left in the set of equations needed to calculate CO 2 partial pressures with the EoS model. In the present work, they were assumed to be temperature independent. Generally, however, this assumption holds for only a limited temperature interval, as shown by Zuo and Fürst. 31 In conclusion, a total number of seven ionic interaction coefficients W kl remains, which cannot be determined independently. Therefore these parameters had to be fitted on the available VLE data, the results of which will be described in the modeling results section.
Results
Experimental results
All experimentally obtained data on CO 2 solubility with their corresponding partial pressure are listed in Tables 8 and 9 and are graphically represented in Figures 4 and 5 . The experimental error in this work is estimated (based on propagation of error) at 4% in loading and 5% in CO 2 partial pressure, respectively.
When comparing the present data to those three sets already available in the literature, the following observations can be made:
(1) The solubility data in 0.6 kmol m Ϫ3 aqueous PZ solutions (Table 5 ) are in good agreement with the data presented by Bishnoi and Rochelle, 2 which is clearly illustrated in Figure 4. (2) Aroua and Mohd Salleh 4 published CO 2 solubility data at lower piperazine concentrations-varying between 0.1 and 1.0 kmol m Ϫ3 -at temperatures ranging from 20 to 50°C. Because they also performed experiments with solutions containing both 0.2 and 0.6 kmol m Ϫ3 at a temperature of 40°C, their results are easily comparable to the current data sets but also to some data by Bishnoi. 2 This comparison is shown graphically in Figures 5a and 5b , from which it can be observed that there is a substantial (more or less constant) discrepancy between the data by Aroua 4 and the other data (Bishnoi's work 2 and this work). The large deviation of Aroua's VLE data on one hand and the current data and Bishnoi's data on the other hand seems to point out that it is useless to fit the ionic interaction parameters W kl on all three experimental data sets simultaneously as this would result in model predictions that would deviate substantially from all three experimental data sets. As the data of Bishnoi's study seem to be consistent with the experimental data from this study, these data sets are thought to be more reliable and, therefore, only the data of Bishnoi and the experimental data as obtained in this study were used in the modeling part of this work. (3) A thorough consistency check of the current data with the data by Pérez-Salado Kamps et al. 3 is not possible because they performed experiments in 2.0 and 4.0 molal PZ solutions. A rough consistency check, however, is possible throughout: at fixed loading and temperature, the CO 2 partial pressure should increase with increasing piperazine concentration. 10 In Table  10 , experimental equilibrium pressures for three different concentrations are compared at similar loadings at a temperature of 313 K.
As shown in Table 10 , the simple consistency check with the data by Pérez-Salado Kamps 3 holds. However, some lowpressure data in 2.0 molal solutions are required for a more sound comparison.
Modeling results
As mentioned earlier, the data presented by Aroua and Mohd Salleh 4 were excluded from the database used in the determination of the ionic interaction parameters W kl . The database was further screened for unreliable data (series) using the two following generally found trends in acid gas VLE diagrams 10 :
(1) At a fixed loading and temperature, the CO 2 partial pressure will increase with increasing amine concentration.
(2) At a fixed loading and amine concentration, the CO 2 partial pressure will increase with increasing temperature.
In addition, initial model simulations were performed to further screen and optimize the database. When an individual experimental result and the preliminary model calculation deviated by a factor of Ͼ2, that particular data point was excluded from the database to prevent it from dominating the fit. This was the case for some data measured in the loading range around 1 (mol CO 2 /mol PZ), where a steep slope exists between log P and loading. The final database consisted of 153 experimental data points (out of 170) to be used in the determination of the seven model variables W kl .
To maintain consistency throughout this study, the objective function F to be minimized in the final data regression was also chosen as follows
where the P denotes either the CO 2 partial pressure (Bishnoi 2 ; this work) or the total system pressure (Pérez-Salado Kamps 3 ). The values for the obtained ionic interaction parameters W kl are listed in Table 11 and further results of the data fit and modeling are listed in Table 12 and shown graphically in Figures 6-9.
As can be seen from Table 12 , the average deviation between experimental and model pressure amounts to about 16%, which is good considering the experimental scatter.
Pérez-Salado Kamps et al. 3 used the Pitzer model to correlate their own CO 2 solubility in aqueous piperazine solutions. They report an average deviation of 4% between model and experiment. When applying their model to the data of Bishnoi, 2 a mean deviation of 22% between experiments and prediction was found. However, in their model, nine ionic interactions are present-all temperature dependent-giving a total of 18 fit parameters.
Besides the previously described "pressure-loading" curves, the presently developed VLE model is also useful for predicting speciation in loaded amine solutions. Information on the species distribution is indispensable when trying to predict acid gas absorption rates into (partially) loaded solutions, given that rigorous mass-transfer models require the exact bulk composition of the liquid phase. 33 Figure 10 shows a typical speciation plot of the PZ-H 2 O-CO 2 system at 313 K.
As one can see from Figure 10 , the contribution of the piperazine dicarbamate is never dominant, indicating that the theoretical chemical loading of 2 mol CO 2 per mol piperazine is never reached. At lower CO 2 loadings, both piperazine carbamate and protonated carbamate are present in the solution. On increasing loading (Ͼ0.5), however, the former is gradually converted to the latter, which can easily be explained by the accompanying decrease in pH of the solution. Similar speciation results were also reported by Bishnoi and Rochelle 2 and Pérez-Salado Kamps et al. 3 The ability to predict speciation implies that the current model can also predict certain physical properties such as pH and (ionic) conductivity. Kaganoi 34 measured both pH and conductivity in loaded 0.6 M aqueous piperazine solutions. Those experimental data were extracted from the graphical representations in the paper by Bishnoi Both Figure 11 and 12 show that the presently developed model is able to predict both pH and ionic conductivity reasonably well. Only at low loadings, however, does there seem to be a (consistent) discrepancy between the predicted and measured pH. This might be caused by the binary parameters describing the piperazine-water interaction: Chang et al. 35 state that at low loadings, representation of acid gas solubility is sensitive to the binary amine-water interaction coefficients.
Conclusions
Removal of acid gases is usually achieved by absorption in solvents consisting of aqueous amine solutions. One very promising solvent is a blend of piperazine (PZ) and N-methyldiethanolamine (MDEA) solution in water (the so-called activated MDEA solvent). Detailed design of absorption-desorption units using this amine blend requires a thermodynamically sound composition model, not only to calculate equilibrium partial pressures over a (partially) loaded solution, but also to predict component speciation in the liquid bulk.
The present work adds new experimental data on the ternary subsystem PZ-H 2 O-CO 2 at different concentrations and temperatures. The electrolyte equation of state (EoS), as originally proposed by Fürst and Renon, 13 has been used to correlate these and other available experimental data on the same system.
The final model contains a total of seven ionic parameters to be adjusted to an experimental database of 153 data points. The model was found to be able to predict CO 2 pressures with an average deviation of about 16% from experimental data.
Even though modeling results are satisfactory, some aspects of the currently presented EoS model can be further improved. Binary parameters on the piperazine-water system have been estimated using the UNIFAC method since no experimental data are available. No difficulties have been encountered in the present situation because it is known that the amine-H 2 O interaction parameters in acid gas models are important in the low loading range. 35 As the current experimental database does not contain any data in the low loading range, the use of the UNIFAC method for the determination of the binary interactions of PZ with water seems acceptable. However, to obtain more precise values for these interaction coefficients, it is obvious that new, additional experimental data are needed. 
